In the paper, performance models are developed for two CO 2 capture technologies -(a) a chemical looping combustion (CLC) process for pre-combustion CO 2 capture from the syngas of a coal-based integrated gasification combined cycle (IGCC) power plant; and (b) a CaL cycle for post-combustion CO 2 capture from a pulverized coal (PC) power plant -and used to conduct detailed thermodynamic analyses of IGCC and PC power plants with the respective chemical looping-based CO 2 capture processes. Results from the performance models are used to estimate the capital cost ($/kW) and operating cost ($/MWh) of each capture process as well as the complete power plant. Results of the case studies using the techno-economic model indicate that, in terms of performance, both of the chemical looping technologies modelled here are thermodynamically much better than conventional CO 2 capture technologies, resulting in lower overall plant energy penalties. However, both the technologies are found to be more capital-intensive. As a result, the overall cost (capital and LCOE) of plants with chemical looping CO 2 capture technologies is greater than or similar to the conventional technologies.
Introduction
CO 2 capture using the chemical looping concept, which involves circulation of solids between two reactors, has gained interest because of its potential to be more efficient and cost-effective compared to current commercial capture technologies. Two different methods have been proposed for separation of CO 2 from gaseous mixtures in different applicationschemical looping combustion (CLC) of fuels [1] , and a calcium-looping (CaL) cycle for post-combustion CO 2 capture [2] . In this paper, we present performance and cost models to evaluate the feasibility of these two concepts for power plant applications. Specifically, we focus on two configurations: (a) a CLC process for pre-combustion CO 2 capture from the syngas of a coal-based integrated gasification combined cycle (IGCC) power plant; and (b) a CaL cycle for post-combustion CO 2 capture from a pulverized coal (PC) power plant.
Chemical looping combustion (CLC) for pre-combustion CO 2 capture
CLC is an indirect combustion process in which fuel is combusted without direct contact with air. Instead, oxygen is transferred from air to fuel with the aid of a solid oxygen carrier (OC) material (Figure 1) . A CO 2 stream of very high purity can then be obtained by condensing the water vapor formed during combustion. CLC can be used for CO 2 capture with a wide variety of gaseous, liquid and solid fuels, including natural gas, syngas (CO and H 2 ), hydrocarbon liquids, coal and biomass [1] . In this paper, we apply CLC to a coal-based IGCC power plant, in lieu of the conventional approach of a water gas shift (WGS) reactor plus CO 2 capture with a physical absorption process (such as Selexol or Rectisol).
In this configuration (shown in Figure 2 ), cleaned syngas from the gasifier is combusted in a CLC system. In the power plant section, the combustor of the gas turbine is replaced with the air reactor. The exhaust gas (depleted air) which is at a high temperature and pressure is sent to the combined cycle power plant to generate electricity. The exhaust from the fuel reactor (CO 2 and H 2 O), which is also at a high pressure and temperature, is expanded in an expander and then cooled in the heat recovery steam generator (HRSG) to generate electricity via a conventional Rankine cycle. Water vapor is then condensed and the remaining CO 2 is compressed for pipeline transport. In this study, Fe-, and Ni-based OCs are used for comparative analysis. 
Calcium looping (CaL) for post-combustion CO 2 capture
The CaL process utilizes the reversible chemical reaction between lime (CaO) and CO 2 in order to capture CO 2 from a gaseous stream [2] . CO 2 in the gas stream reacts with CaO in an exothermic carbonation reaction to form CaCO 3 at temperatures in the range of 600-700 o C. The product CaCO 3 from the carbonator is then sent to a separate vessel called a calciner where the calcination reaction takes place at a high temperature (around 900 o C). This releases highpurity CO 2 suitable for transport to a sequestration site. The CaO produced is then sent back to the carbonator to complete the loop. Oxy-combustion of coal within the calciner is typically used as a source of heat for the calcination reaction. Heat can be recovered from the exothermic carbonation reaction, and from the gas and solid streams at high temperatures, to generate additional electricity from the power plant. As a result, CaL technology has the potential to be thermodynamically more efficient than a conventional post-combustion CO 2 using amines. Figure 3 shows the schematic of CaL-based post-combustion CO 2 capture system for a PC power plant. 
Objectives of the paper
The objective of this paper is to evaluate the two technologies -CLC for pre-combustion CO 2 -capture, and CaL for post-combustion CO 2 -capturein terms of their performance and costs. The performance and cost results are compared to plants without CO 2 capture and also to plants using conventional CO 2 capture technologies.
Techno-economic models for evaluation of chemical looping technologies
Techno-economic models are needed to make comparative analyses of different CO 2 capture technologies. In this study, performance models are developed for both schemes and used to conduct a detailed thermodynamic analysis of IGCC and PC power plants with their respective chemical looping-based CO 2 capture processes. Results from the performance models are then used to estimate the capital cost ($/kW) and operating cost ($/MWh) of each capture process as well as the complete power plant. The following subsections briefly describe these models for CLC and CaL processes.
CLC process for pre-combustion CO 2 capture
For the CLC process, the objective of the performance model is to estimate the amounts of materials (OC, air, etc) and energy needed to achieve the combustion of a given quantity of fuel under different operating conditions. A performance model, suitable for a spreadsheet environment, was previously developed to aid in top-level design of a CLC system [3] . Given input conditions such as fuel composition, operating temperature of the reactors, and OC type, the model calculates the amount of oxygen carrier material required and the resulting temperatures and flow rates for all components. For each reactor, mass and energy balance equations are solved as functions of process parameters such as solids conversion, inlet gas and solid temperatures, and excess air ratio. The models can be applied to any gaseous fuel containing CH 4 , CO and H 2 . In this paper, syngas from coal gasification is used as the fuel. This study considers OCs using NiO (Ni-OC) and Fe 2 O 3 (Fe-OC) with metal oxide weight fractions of 40% and 60%, respectively. Fe-OC has a lower oxygen carrying capacity than Ni-OC, which leads to higher Fe-OC material requirement for the same amount of fuel. However, Fe-based materials are widely available and much less costly than Ni-based materials. Both Fe-and Ni-based OCs can be operated at high temperatures (around 1100 o C). Ni-compounds are also known to have adverse health effects, requiring special care in design to prevent any releases and thus ensure safe as well as reliable operation [4]. These materials have their relative advantages and disadvantages, which affect final system costs.
Previously developed performance models for other major process equipment such as compressors and gas turbines are used for power plant systems studies [5] . Typical commercial gas turbines (eg. GE F-class turbines) used in NGCC and IGCC power plants have a design turbine inlet temperature (TIT) of over 1300 o C. For CLC applications, gas turbines with lower TIT would be needed. The GE 7EA gas turbine was found to be suitable for low temperature applications such as CLC, and hence is used for case studies in this paper. The GE 7EA turbine system has a design pressure ratio of 12.7, TIT of 1110 o C, exhaust temperature of 537 o C and a design rating of 85.1MW [6] .
The choice of gas turbine fixes the pressure ratio of the air compressor and the design gas flow (M design,GT ). The depleted air from the AR is set equal to the design flow rate of gas turbine. Air reactor temperature (T AR ) is set equal to the TIT. The compressor model calculates the temperature of air (T air ) going into AR based on the compressor pressure ratio (12.7 for GE 7EA). From the choice of OC, rich loading and fractional conversion of OC, mass flow rates of solids in and out of the AR and FR per mole of fuel are calculated. Excess air ratio (e air ) is calculated from a heat balance for the AR and the fuel flow rate is calculated by a mass balance over the entire CLC system. The actual flow rates of all the components can now be obtained. Assuming a fuel temperature of 50 o C, fuel reactor temperature is calculated from a heat balance of FR. The solids inventory needed in each reactor and the resulting pressure drops are also calculated. Energy output from the gas turbine and expander and energy required for the air compressor are calculated using the respective models. Based on results of the individual component models, the fuel required for the power plant, the net electricity output and the net plant efficiency are determined. The rest of the plant upstream of the CLC process is then scaled based on the fuel flow rate, using the Integrated Environmental Control Model (IECM) [5] .
Capital costs were estimated for each CLC process area such as air and fuel reactors and solids handling equipment. AR and FR costs were extrapolated from the cost of a fluidized bed biomass gasifier, which is similar in design to the CLC reactors [7] . Volumetric flow rate of inlet gas is used as the scaling variable with a scaling exponent of 0.6. The costs of GE 7EA gas turbines are scaled based on power output. The costs of the rest of the power plant are estimated using the IECM.
To calculate O&M costs of the CLC system, 0.027%/hr is assumed as the replacement rate for the solids inventory [8] . The cost of OC material was estimated using the method described by Abad et al, (2007) [9] , with the current market prices of metals. The cost of Ni-OC, and Fe-OC were estimated to be $7.42/kg and $1.34/kg, respectively. All costs are estimated and reported in constant 2014 US dollars.
CaL process for post-combustion CO 2 capture
For the CaL process, the primary goals of the performance model are to calculate the amount of sorbent (limestone) needed to achieve a desired CO 2 capture efficiency under specified operating conditions, and the resulting impacts on power plant efficiency, emissions and resource requirements. Mass flows of solids and gases across all components and the entire CO 2 capture system are also calculated using the performance model, as are the energy requirements of reactors and other equipment, heat recovery and net power generated. In this study, a dual circulating fluidized bed reactor system is used for the CaL cycle.
Direct capital costs are estimated for the carbonator, calciner, blowers, ASU, coal and solids handling equipment and CO 2 compressors. Capital cost of the carbonator is estimated based on the cost of a CFB boiler, using volume flow rate of flue gas as the scaling variable [10] . Capital cost of calciner is similarly estimated based on a calciner used in the cement industry as the basis [11] . For other equipment, existing cost models in the IECM are used [5] . Annual costs of fuel, make-up limestone, waste disposal and labor costs are some of the O&M costs considered for calculation of cost of electricity. CO 2 transport and storage costs are also treated as O&M costs.
Case study results
The performance and cost models described in the previous sections are applied to case study power plants. Both IGCC and PC plants use Illinoi#6 coal with a heating value of 27.1 kJ/kg. For cost calculations, a capacity factor of 75% and a fixed charge factor of 11.28% are used. The cost of coal is $42/tonne. All costs are expressed in constant 2014 US dollars. For consistency in comparison, the same indirect cost factors were used for all the CO 2 capture technologies. They include a process contingency of 10%, project contingency of 15% of the process facilities capital, which are indicative of the assumption of a moderately mature technology. For this reason, the results of this study are considered to be for a future mature plant technology and configuration. A total of $8/tonne of CO 2 is used as the cost of CO 2 transport and storage.
CLC-based IGCC power plant
The IGCC base plant considered for case study uses an oxygen-blown GE (quench) gasifier (1343 o C, 42.4 bar). Syngas into the CLC system is first cleaned for sulfur in a Selexol process. The syngas composition from the Selexol process is shown in Table 1 . For IGCC power plants, power output depends on the number of gas turbines used. To make both the base plant and CLC-based plants have similar power outputs, the base plant is designed to operate with 1 GE 7FB turbine while the CLC-based plants operate with 2 GE 7EA gas turbines. The TIT is assumed to be 1100 o C for the CLC cases. The rich loading of OC is assumed to be 0.9 with fractional conversion of OC of 0.6, resulting in a lean loading of 0.3. Since inert components such as N 2 and Ar are present in the inlet syngas as impurities in the oxygen feed of 95% O 2 (the remaining being N 2 and Ar), the CO 2 product stream is close to about 95%. It is assumed that further purification is not required to meet CO 2 purity constraints for pipeline transport [12] . Hence, this plant design achieves 100% CO 2 capture, assuming that there are no gas leakages in the CLC reactor system. The CO 2 product is compressed to 13.7MPa for pipeline transport. The compression energy required is estimated to be 93kWh/tonne CO 2 . Table 2 shows the performance and cost results for the IGCC plant configurations. The base plant generates 296 MW of electricity with a net plant efficiency of 31.8% (on HHV basis). On the other hand, CLC-based IGCC plants also generate a similar amount of electricity, but with slightly lower overall net plant efficiency (31.3% for Ni-OC system and 31.1% for Fe-OC system). In comparison, the IGCC plant with conventional Selexol-based CO 2 capture technology generates about 256 MW of net power and has a net plant efficiency of 26.4%. Both of these are much lower compared to the base plant as well as the CLC-based plants. This indicates that CLC-based pre-combustion CO 2 capture technology has better performance characteristics than the conventional Selexol-based CO 2 capture technology. The specific capital cost of the base plant is $3,260/kW-net. The CLC-based IGCC plants, however, have at least a 60% higher capital cost. The plant with Ni-OC CLC process has a slightly lower capital cost ($5,200/kW) compared to the Fe-OC CLC process ($5,230/kW). Fe-OC has a lower oxygen carrying capacity than Ni-OC because of which the sorbent flow rate as well as solids inventory is higher for systems using Fe-OC. This leads to a higher capital cost. For both the plants, the CO 2 capture process contributes to about 20% of the plant capital cost. In comparison, the IGCC plant using the Selexol CO 2 capture technology has a capital cost of $4,790/kW, which is smaller than the cost of a CLC-based plant. Even though the performance of CLC-based plant is better than the Selexol-based plant, the higher cost of CLC reactor system leads to higher specific capital costs.
The levelized cost of electricity (LCOE) of the base plant is $94.3/MWh. The LCOE of the CLC-based IGCC power plants is about $142/MWh, which is about 50% higher than that of the base plant. The LCOE of a Selexolbased IGCC plant is also around $141/MWh. Considering the base plant as the reference plant, the CLC-based IGCC plants have a CO 2 avoidance cost of about $51/tonne. This is slightly lower than the CO 2 avoidance cost ($54/tonne) using Selexol CO 2 capture technology.
From these results it can be seen that, despite better performance of CLC-based IGCC power plants, the costs are similar to that of plants using conventional Selexol-based CO 2 capture technology, for the assumptions made in this case study. The main reason is the high capital costs of solids-based CLC system as opposed to the more compact liquid-based Selexol system.
CaL-based PC power plant
A pulverized coal (PC) power plant with a net power output of 550 MW, meeting all current new source performance standards (NSPS) for pollution control, is used as the base plant configuration. A CaL-based CO 2 capture process, designed to capture 90% CO 2 from the flue gas, is used in the same configuration as the base plant. However, since the CaL process generates additional electricity, the base plant (primary boiler) needs to produce much less power in order to meet the total net power output of 550 MW.
Performance and cost results for the PC plant cases are shown in Table 3 . In order to produce 550 MW net electricity, the gross power output of the base plant is 590 MW, with a net plant efficiency of 38.3% (HHV basis). On the other hand, the gross power output of the plant with CaL-based post-combustion CO 2 capture is 677 MW. Of this, 341 MW is produced by the primary power plant and the rest is produced by the auxiliary power generated by the CaL process. The net plant efficiency of the CaL-based plant is 35.2%. To achieve 90% CO 2 capture efficiency, a total solids flow rate of 2,770 tonnes/hr is required in the circulating loop between carbonator and calciner. In order to supply calciner heat, 97 tonnes/hr of coal is needed for oxy-combustion. Compared to the coal flow rate of 110 tonnes/hr for the base plant, this is more than a 90% increase because of the CO 2 capture process. The ASU oxygen purity for the calciner is assumed to be 95%. Because of this and the amount of recycled gas into the calciner, the CO 2 product is only about 80% pure. In order to increase the CO 2 purity to pipeline specifications (~95%), a CO 2 purification unit (CPU) is required. The solid waste stream from the CaL process is more than 200 tonnes/hr. However, in this study, waste disposal cost was not included, since the waste from the CaL process could potentially be used as a feedstock in cement industry. The total capital cost of the power plant with CaL-based CO 2 capture is $4,330/kW-net, more than a two-fold increase compared to the capital cost of the base plant ($2,000/kW) without CO 2 capture. The CO 2 capture unit accounts for close to 70% of the cost. The carbonator, calciner and ASU constitute up to 60% of the direct capital cost of the CO 2 capture process. Because of the large amount of solids (make-up and waste) in the CaL process, solids handling equipment constitutes about 7.5% of the process capital cost. The CO 2 compression and purification unit also contributes 8% of the process capital cost. Because of these factors, the CaL process is highly capital intensive. The LCOE for the case study plant is $118/MWh, compared to $62/MWh for the base plant.
In comparison, for a power plant using an amine-based CO 2 capture process producing 550 MW of net power, the capital cost of the plant is around $3,470/kW-net, with a LCOE of $106/MWh. Unlike in the CaL-based case, only about 27% of the plant capital cost is attributed to the CO 2 capture process. Considering the base plant as the reference plant, the CaL-based PC plant has a CO 2 avoidance cost of about $73/tonne. This is higher than the CO 2 avoidance cost ($63/tonne) using the conventional amine-based CO 2 capture technology. Thus, despite its smaller energy penalty, using a CaL-based CO 2 capture process leads to significant increases in plant capital cost and LCOE. 
Conclusion
Results of the case studies using the techno-economic model described above indicate that, in terms of performance, both of the chemical looping technologies modeled here -CLC for pre-combustion capture and CaL for post-combustion captureare thermodynamically much better than conventional CO 2 capture technologies, resulting in lower overall plant energy penalties. However, both the technologies are found to be more capitalintensive. As a result, the overall cost (capital and LCOE) of plants with chemical looping CO 2 capture technologies is greater than or similar to the conventional technologies.
One way of reducing the cost of chemical looping technologies is to reduce the capital costs of reactors. Also, for the CaL process, supplying the calciner heat requires a significant quantity of oxy-combusted coal in the calciner. This requires an oxy-combustion unit as big as the base plant boiler. The coal-fired calciner can be replaced by a natural gas fired boiler in order to reduce the size of the calciner and ASU.
Another way of reducing the LCOE of a CaL-based plant is to sell the solid waste (essentially limestone) for use in cement plants. Figure 4 shows the effect of by-product credit on the LCOE of a PC plant with CaL CO 2 capture process. Even though there is reduction in LCOE, the decrease is not significant to compete with the amine-based system. Thus, it is clear that capital cost should be the main focus for solids-based chemical looping processes to be competitive with the conventional CO 2 capture technologies.
